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Abstract: This work describes in detail one potential conversion process for the production of high-
octane gasoline blendstock via indirect liquefaction of biomass. The processing steps of this pathway 
include the conversion of biomass to synthesis gas via indirect gasifi cation, gas clean-up via reforming 
of tars and other hydrocarbons, catalytic conversion of syngas to methanol, methanol dehydration to 
dimethyl ether (DME), and the homologation of DME over a zeolite catalyst to high-octane gasoline-
range hydrocarbon products. The current process confi guration has similarities to conventional metha-
nol-to-gasoline (MTG) technologies, but there are key distinctions, specifi cally regarding the product 
slate, catalysts, and reactor conditions. A techno-economic analysis is performed to investigate the 
production of high-octane gasoline blendstock. The design features a processing daily capacity of 
2000 tonnes (2205 short tons) of dry biomass. The process yields 271 liters of liquid fuel per dry tonne 
of biomass (65 gal/dry ton), for an annual fuel production rate of 178 million liters (47 MM gal) at 90% 
on-stream time. The estimated total capital investment for an nth-plant is $438 million. The resulting 
minimum fuel selling price (MFSP) is $0.86 per liter or $3.25 per gallon in 2011 US dollars. A rigorous 
sensitivity analysis captures uncertainties in costs and plant performance. Sustainability metrics for the 
conversion process are quantifi ed and assessed. The potential premium value of the high-octane 
 gasoline blendstock is examined and found to be at least as competitive as fossil-derived blendstocks. 
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Hydrocarbon products

Th e conventional MTG process produces a mix of gasoline-
range, hydrocarbon compounds with a high concentration of 
aromatics, as well as byproducts such as durene (1,2,4,5-tetra-
methylbenzene), light hydrocarbons, and coke. Th e gasoline 
product mixture has a motor octane number (MON) of ~83, 
a research octane number (RON) of ~92, and an average 
octane number ((RON+MON)/2) of approximately 87.5 Fuel 
standards are changing to limit the amount of aromatic com-
pounds allowed in gasoline,6 which means a highly aromatic 
bio-gasoline blendstock could experience limited blending 
potential and lower relative product values. Th e chemistry 
proposed herein produces a low-aromatic, branched-paraffi  n 
product that has a MON of 90+, a RON of 95+, and an 
expected average octane number ((RON+MON)/2) of greater 
than 93.7 In addition, decreased selectivity toward hexa-
methylbenzene (a coke precursor) has been observed during 
experiments;8 some coke formation is expected given the 
chemistry and the assumption of multi-year catalyst cycles 
for the process design. Th e reduced coking potential relative 
to conventional MTG can result in higher yields. With bio-
mass feedstock being the single most expensive component 
of the process, higher yields per ton of biomass can have a 
signifi cant positive impact on the process economics.

Hydrocarbon synthesis process 
conditions

Th e hydrocarbon-producing reactor in the tradi-
tional MTG process operates in the range 650°F–950°F 
(343°C–510°C) and the yield is limited by reactor confi gu-
ration. Operations are limited to lower per-pass conver-
sions to prevent runaways in a fi xed-bed shell and tube 
exchange reactor or fl uidized bed reactors are specifi ed 
in the process design for effi  cient heat management to 
allow high single-pass conversions.3,4 Conversely, for the 
process confi guration presented in this design report, the 

Introduction

T
here is a current emphasis on the conversion of 
biomass to cost-competitive, liquid hydrocarbon 
fuels via direct and indirect liquefaction pathways. 

Th e US Department of Energy’s Bioenergy Technologies 
Offi  ce (BETO) is enabling the development of technolo-
gies for the production of infrastructure-compatible, 
cost-competitive liquid hydrocarbon fuels from lignocel-
lulosic biomass feedstocks.1 Th is work describes process 
design and techno-economic analysis of making high-
octane gasoline blendstock from a blended biomass. Th e 
processing steps of this pathway include the conversion of 
biomass to synthesis gas (syngas) via indirect gasifi cation, 
gas clean-up, catalytic conversion of syngas to methanol, 
methanol dehydration to dimethyl ether (DME), and 
catalytic conversion of DME to a high-octane, gasoline-
range hydrocarbon blendstock product. Th e conversion 
process confi guration leverages technologies previously 
advanced by research funded by BETO and demonstrated 
in 2012 with the production of mixed alcohols from bio-
mass.2 Biomass-derived syngas clean-up via reforming of 
tars and other hydrocarbons is one of the key technology 
advancements realized as part of this prior research and 
2012 demonstrations. Th e process described in this work 
evaluates a new technology area for the downstream utili-
zation of clean biomass-derived syngas for the production 
of high-octane hydrocarbon products through methanol 
and DME intermediates, which is subsequently converted 
via homologation reactions to high-octane, gasoline-range 
hydrocarbon products.

While the current conceptual process confi guration pos-
sesses similarities to conventional methanol-to-gasoline 
(MTG) processes,3,4 it diff ers from the conventional MTG 
process in two key aspects: the quality of the hydrocarbon 
products and the severity of hydrocarbon synthesis pro-
cess conditions (Table 1).

A simple blending strategy is proposed to demonstrate the potential for blending the biomass-derived 
blendstock with petroleum-derived intermediates. Published 2015. This article is a U.S. Government 
work and is in the public domain in the USA. Biofuels, Bioproducts and Biorefi ning published by 
Society of Industrial Chemistry and John Wiley & Sons Ltd.

Supporting information may be found in the online version of this article.

Keywords: biomass; thermochemical conversion; indirect gasifi cation; dimethyl ether homologation; 
high-octane gasoline; process design; techno-economic analysis; sustainability
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Methods and assumptions

Economic assumptions
Th e techno-economic analysis reported here uses nth-plant 
economics. Th e key assumption associated with nth-plant 
economics is that a successful industry has been established 
with many operating plants using similar process technolo-
gies. It is prudent for nth-plant analysis to ignore artifi cial 
infl ation of project costs associated with risk fi nancing, 
delayed start-ups, equipment overdesign, and other costs 
associated with pioneer plants. A summary of the nth-plant 
assumptions applied in this analysis is provided in Table 2. 

Process description and assumptions

A simplifi ed fl ow diagram for the process is shown in 
Fig. 1. Th e diagram depicts the major processing steps 
for the conversion of woody biomass to syngas via indi-
rect steam gasifi cation, syngas clean-up, and sequentially 
synthesis of methanol, dimethyl ether, and high-octane 
hydrocarbons. Each process area in the design is described 
below. Major design and capital cost basis parameters are 
summarized in the Supporting Information (Tables S1‒S8). 

reactions occur at 350°F–450°F (177°C–232°C) and can be 
operated at high per-pass conversions using reactors with 
inter-stage cooling. Additionally, by operating at the lower 
temperature, coke formation is reduced, resulting in less 
frequent catalyst bed regenerations and the potential for 
reduced capital and operating costs.

In order to assess the economic viability and potential of 
this conversion process, we have developed a conceptual 
process model with economic projections to estimate the 
minimum fuel selling price (MFSP). Th e MFSP can be 
used by policymakers and BETO to help refi ne research 
objectives and associated performance targets that will be 
necessary to produce cost-competitive fuels from biomass. 
Techno-economic analysis (TEA) also facilitates direct 
biomass conversion research by examining the sensitivity 
of the MFSP to process alternatives and projected research 
advances, as well as to track research progress via state 
of technology assessments. Th e analysis presented here 
also includes consideration of the life-cycle implications 
of the baseline process model, by tracking sustainability 
metrics for the modeled biorefi nery, including greenhouse 
gas emissions, non-renewable energy or fossil energy con-
sumption, and consumptive water use.

Table 1. Comparative summary of the characteristics of the pathway from woody biomass to high-octane 
gasoline blendstock relative to those of the traditional methanol-to-gasoline (MTG) process.

Process Attribute High-Octane Gasoline 
Pathway

Methanol to Gasoline 
(MTG)

Impact on Techno-Economic Analysis

Molecular structures 
favored in synthesis 
reactions

Example Compound
Specifi c Gravity

Branched paraffi ns

CH3

CH3

CH3

CH3

H3C

Triptane
0.70

Aromatics

CH3

Toluene
0.87

High-octane product rich in branched paraf-
fi ns, similar to a refi nery alkylate. H-saturation 
decreases density, increasing product volume.

Hydrocarbon synthesis 
catalyst

Beta-Zeolite
(12-membered rings)

ZSM-5
(10-membered rings)

Different pore sizes and structures result in differ-
ent compound selectivities.

Octane number of 
 gasoline-range product

RON: 95+
MON: 90+

RON: 92
MON: 83

Octane number increases value of product as a 
fi nished fuel blendstock.

Selectivity of 
C5+ product

C5+ product only
(67.1 Gal / Ton)

~ 85% C5+
(55.1 Gal / Ton)

High selectivity to primary (premium quality) prod-
uct maximizes overall product value.

Severity of synthesis 
operating conditions

350 – 450 Deg. F
130 PSIA

650 – 950 Deg. F
315 PSIA

The lower severity operating conditions result in 
lower capital and operating costs relative to MTG. 

Coke formation Coke formation is minimized 
by hydrogen addition and 
selectivity to branched para-
ffi ns rather than aromatics.

High propensity for coke 
formation due to aromatic 
coke precursors.

Minimizing coke formation helps to maximize 
product yield / carbon effi ciency and maximizes 
catalyst regeneration and replacement cycles. 
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to 2 mm for the gasifi er. A cross-fl ow dryer is included in 
the system to  allow pre-heating of the feed prior to feeding 
in to the reactor, using process waste heat. Th is also allows 
for contingencies during wet weather when additional feed 
drying may be necessary. Th e feedstock is delivered at $88 
per dry tonne. Table 4 shows the unit operation costs for 
the supply of blended woody biomass to a gasifi cation pro-
cess. All values are presented in units of 2011 US dollars 
per dry tonne.

Gasifi cation

Biomass is indirectly gasifi ed.12 Heat for the gasifi ca-
tion reactions is supplied by circulating synthetic olivine 
sand that is pre-heated in a char combustor and fed to 
the gasifi er. Conveyors and hoppers feed biomass to the 
low-pressure (18 psig/0.124 MPa) entrained fl ow gasifi er. 
Steam is injected into the gasifi er to stabilize the fl ow of 
biomass and olivine through the gasifi er. Within the gasi-
fi er, biomass thermally deconstructs at 1598°F (870°C) to a 

Feed handling and preparation

Th e modeled biomass feedstock has an ultimate analy-
sis shown in Table 3. Th e assumed moisture content is 
10 wt%, with an ash content of <1% and nominally sized 

Table 2. Assumptions for nth-plant techno-
economic analysis.

Description of Assumption Assumed Value

Internal rate of return (IRR) 10%

Plant fi nancing by equity/debt 40%/60% of total capital 
investment

Plant life 30 years

Income tax rate 35%

Interest rate for debt fi nancing 8.0% annually

Term for debt fi nancing 10 years

Working capital cost 5.0% of fi xed capital invest-
ment (excluding land purchase 
cost)

Depreciation schedule 7-year MACRS schedule1

Construction period (spending 
schedule)

3 years (8% Y1, 60% Y2, 
32% Y3)

Plant salvage value No value

Start-up time 6 months

Revenue and costs during 
startup

Revenue = 50% of normal
Variable costs = 75% of normal
Fixed costs = 100% of normal

On-stream percentage after 
startup

90% (7,884 operating hours 
per year)

1Capital depreciation is computed according to the IRS Modifi ed 
Accelerated Cost Recovery System (MACRS). Because the plant 
described here is not a net exporter of electricity, the steam 
plant and power generation equipment is not depreciated over a 
20-year recovery period, according to the IRS. The whole plant 
capital is depreciated over a 7-year recovery period.

Table 3. Analysis of wood feedstock.

Component Weight % (Dry Basis)

Carbon 50.94

Hydrogen 6.04

Nitrogen 0.17

Sulfur 0.03

Oxygen 41.9

Ash 0.92

BTU/lb MJ/kg

Higher heating valuea (HHV) 8,601 20.01

Lower heating valuea (LHV) 7,996 18.60
aCalculated using the Aspen Plus Boie correlation.

Figure 1. Simplifi ed process fl ow diagram.
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combustion. Th e hot catalyst is separated from the com-
bustion fl ue gas in the regenerator cyclone and fl ows back 
to the tar reformer reactor to provide the energy neces-
sary for the reforming reactions. Additional syngas and 
unreacted gases from the methanol synthesis reactor are 
also combusted in the regenerator to provide all the heat 
necessary for the endothermic reforming reactions. Th e 
hot reformed syngas is cooled through heat exchange with 
other process streams and scrubbed with water to remove 
persistent impurities like particulates, ammonia, halides, 
and recalcitrant tars. Scrubber water is purged and treated 
continuously at an on-site waste-water treatment facil-
ity. Aft er heat recovery, the remaining low-quality heat 
in the fl ue gas from the catalyst regenerator is utilized for 
feedstock preheating. Aft er quenching and removing any 
condensable material and solids, the low-pressure cooled 
scrubbed syngas is compressed using a three-stage centrif-
ugal compressor with inter-stage cooling where the pres-
sure is increased to approximately 430 psia (2.96 MPa).13

Acid gas removal and methanol synthesis

Th e compressed fresh syngas enters an amine-based acid 
gas enrichment unit and a Merichem LO-CAT sulfur 
recovery unit for removal of the CO2 and H2S. Th e recov-
ered H2S-rich acid gas stream is routed to the Merichem 
LO-CAT sulfur recovery unit where H2S is converted 
to elemental sulfur and stored for disposal. Th e remain-
ing CO2 is vented to the atmosphere. Aft er the acid gas 
removal step, the cleaned syngas is then split into two 
streams. Th e smaller stream of the cleaned syngas (about 
6%) is sent to a pressure swing adsorption (PSA) system 
where hydrogen is separated for hydrocarbon synthesis in 
the methanol to high-octane gasoline area. Th e majority 
of the cleaned and conditioned syngas is further com-
pressed to 735 psia (5.07 MPa) for methanol synthesis; the 

mixture of syngas components (such as CO, H2, CO2, and 
CH4), tars, and solid char containing residual carbon from 
the biomass and coke deposited on olivine. Cyclones at the 
exit of the gasifi er separate the char and olivine from the 
syngas. Th e solids fl ow to the char combustor where the 
char is burned in air in a fl uidized bed, resulting in olivine 
temperatures greater than 1800°F (982°C). Th e hot olivine 
and residual ash are carried out of the combustor by the 
combustion gases and separated using a pair of cyclones. 
Th e fi rst cyclone captures olivine while the second cyclone 
captures ash and olivine fi nes. Hot olivine fl ows back into 
the gasifi er, completing the gasifi cation loop. Th e hot fl ue 
gas from the char combustor is utilized for heat recovery 
and feedstock preheating. Ash and olivine fi nes are cooled, 
moistened to minimize dust, and removed as waste.13

Synthesis gas clean-up and syngas 
compression

Syngas clean-up in this design includes reforming of tars, 
methane, and other hydrocarbons followed by cooling, 
quenching, and scrubbing of the syngas for downstream 
operations. Th e water-gas shift  reaction also occurs in 
the reformer. Tars, methane, and light hydrocarbons are 
reformed to syngas in a circulating, fl uidized, solid cata-
lyst system, complete with reforming and regeneration 
operations in separate beds. In the Aspen Plus simulation, 
the conversion of each compound is set to match targets 
that have been demonstrated.2,14–16 Raw syngas is reacted 
with the tar reforming catalyst (Ni/Mg/K supported on 
alumina17) in an entrained fl ow reactor at (1670°F/910°C) 
and at a gas hourly space velocity of approximately 2500 
h-1. Th e catalyst is then separated from the effl  uent syngas 
in a cyclone. From the cyclone, the spent catalyst fl ows to 
the catalyst regenerator vessel where residual coke from 
the reforming reactions is removed from the catalyst by 

Table 4. Unit Cost Breakdown for Woody Biomass Feedstock (in 2011 dollars).11

Cost Element Pulpwood Wood Residues Switchgrass Construction and Demolition Waste Blend

Formulation Contribution 45% 32% 3% 20%

Grower payment/access cost 27.56 29.05 21.68 8.98 24.14

Harvest and collection 24.52 0.00 16.99 0.00 11.54

Landing Preprocessing 13.42 9.62 0.00 10.86 11.29

Transportation 12.00 3.67 4.96 7.57 8.29

Preprocessing 26.42 26.42 21.72 31.00 27.19

Storage 3.56 3.56 6.06 3.56 3.64

Handling 2.09 2.09 2.09 2.09 2.09

Total Delivered Feedstock 
Cost, $/dry tonne

109.67 74.42 73.50 64.07 88.18
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Methanol to high-octane gasoline synthesis

Th is area of the process includes the conversion of metha-
nol to dimethyl ether (DME) and the subsequent conver-
sion of DME to high-octane hydrocarbons, as depicted 
in Fig. 2. Methanol dehydration to DME takes place in 
an adiabatic packed bed reactor with commercially avail-
able gamma alumina (γ-Al2O3) catalyst at 482°F (250°C) 
and 140 psia (0.965 MPa). Among various alumina-based 
catalysts, the γ-Al2O3 catalyst generally exhibits the best 
catalytic performance and hydrothermal stability for 
vapor-phase dehydration of methanol to DME.18 Th e cata-
lytic vapor-phase dehydration of methanol to DME is an 
exothermic reaction. Th e reactor heat is recovered with 
an intercooler for steam generation to allow for the adi-
abatic temperature rise with a targeted maximum reactor 
temperature of 482°F (250°C). DME is assumed to exit the 
methanol-to-DME reactor in equilibrium with metha-
nol at the reactor exit temperature (88.5% conversion of 
methanol). 

Hydrocarbon formation from DME is accomplished in 
two four-stage packed bed reactors containing NREL’s 
in-house developed metal modifi ed beta-zeolite (H-BEA) 
catalyst.8 Th e yields from the process are heavily weighted 
toward branched C7 molecules, with octane ratings greater 
than 100. High-octane gasoline is subsequently produced 
by the combination of acid-catalyzed homologation of 
DME and methylation of olefi ns. It has been demonstrated 
that the H-BEA catalyst exhibits some of the highest 
productivities and selectivities among zeolites studied 

syngas is converted to methanol in a tubular, fi xed-bed 
reactor containing a copper/zinc oxide/alumina catalyst. 
Th e vapor-phase product from the methanol synthesis 
reactor must be cooled to recover the methanol and to 
allow unconverted syngas and any inert gaseous species 
(CO2, CH4) to be recycled or purged. Th is is accomplished 
with a series of heat exchangers, including air cooling and 
water cooling. Th e mixture of methanol and unconverted 
syngas is cooled through heat-exchange with the steam 
cycle and other process streams. Th e methanol is sepa-
rated by condensing it away from the unconverted syngas. 
Unconverted syngas is recycled back to the methanol 
synthesis reactor inlet. Heat must be removed from the 
methanol synthesis reactors because the synthesis reac-
tion is exothermic. Temperature control and heat removal 
from the exothermic reactor is accomplished by steam 
production on the shell-side of the tubular reactor. Th e 
steam temperature and pressure can be maintained and 
controlled by back-pressure control at the outlet of the 
steam drum.

Methanol conditioning

Th e methanol leaving the reactor has been condensed at 
elevated pressure and has absorbed a sizeable quantity 
of gas (mostly CO2). Once the crude methanol stream is 
reduced to lower temperature (110 °F/43 °C) and pressure 
(98 psia/0.68 MPa), it is sent to a distillation column to 
de-gas the methanol. Th e methanol intermediate is sent to 
storage for upgrading to gasoline.

Figure 2. Simplifi ed process fl ow diagram of methanol-to-hydrocarbons synthesis area.
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 bottom product is subsequently sent to the second column 
where C4 is separated from gasoline-range hydrocarbons. 
Th e overhead of the second column is then recycled to the 
hydrocarbon synthesis reactors. Th e bottoms of the sec-
ond column are the high-octane hydrocarbons which are 
cooled and then stored for sale as high-octane gasoline.

Heat and power generation

A conventional steam cycle produces steam for direct 
injection into the gasifi er and reformer. Indirect steam is 
used for heating associated with distillation and the acid 
gas strippers in the acid gas removal system. Electricity is 
generated using three steam turbines, with intermediate 
reheat, to meet the demands of the plant. As mentioned 
earlier in the methanol synthesis section, additional elec-
tricity is generated by sending a portion of the pressur-
ized unreacted gases from the methanol synthesis reactor 
through a turbo-expander. Th e majority of electricity is 
used for syngas compression. Th e steam cycle is integrated 
with the biomass conversion process. Preheaters, steam 
generators, and super-heaters are integrated within the 
process design to generate the steam from boiler feed 
water. Process condensate is recycled to the steam cycle, 
de-gassed, treated, and combined with make-up water.

Cooling water and other utilities

A cooling water system is included in the Aspen Plus 
model to determine the requirements of each cooling 
water heat exchanger within the biomass conversion pro-
cess as well as make-up water and power requirements. 
Th e design also includes additional water optimization; 
process condensate is treated and combined with the cool-
ing water make-up to reduce fresh water consumption.

Heat integration

Recovery and utilization of waste heat from the high tem-
perature streams is imperative to maximize the overall 
effi  ciency of the plant design. Th erefore, a pinch analy-
sis was performed and a heat exchanger network was 
designed for this high-octane gasoline production process. 
Th e design of the heat integration network resulted in 
signifi cant energy savings and corresponding increases in 
product yields. Detailed design specifi cations can be found 
in the full report.13

Sustainability metrics

Key sustainability metrics for the conceptual process 
are presented to quantify environmental impacts. Direct 

for the homologation of DME to branched paraffi  ns and 
olefi ns.7,19,20 DME is preferentially converted to C4 and C7 
hydrocarbons. Th e predominant isomers for isobutyl spe-
cies are isobutane and isobutene. Triptyl species (2,2,3-tri-
methylbutane and 2,2,3-trimethyl-but-1-ene) make up 
about 75% of all C7 species. Rates increase but selectivities 
transition to an aromatic-dominated product with increas-
ing temperature (especially above 250°C). In this model, 
DME is converted to gasoline-range hydrocarbons at a 
maximum temperature of 450°F (232°C). In the Aspen 
Plus simulation, the selectivity and conversion of each 
compound is set to match targets that are believed to be 
attainable through near-term research eff orts (Table S6). 
With the current metal modifi ed beta-zeolite catalyst, the 
C4 products are recycled to the reactors for methylation 
of olefi ns to larger hydrocarbons. Unconverted DME is 
also recycled to the reactors for additional homologation. 
Th e single-pass conversion of DME is about 40% and the 
resulting overall DME conversion (including recycle) is 
92.5%. Hydrogen addition is considered for the current 
target process assessment and has the purpose of reduc-
ing aromatic byproducts. Hexamethylbenzene (HMB) is 
used as a proxy for coke and heavy aromatic deposits on 
the catalyst in this analysis, given the literature precedent 
for its formation in this process.19 Th e inclusion of HMB 
is also used to satisfy the overall stoichiometry of the 
reactions.

Temperature control and heat removal from the hydro-
carbon synthesis reactors is accomplished by using mul-
tiple adiabatic reactors in series with inter-stage cooling. 
Th e heat is recovered as low pressure steam. It is assumed 
that while two reactors are in DME-to-hydrocarbons ser-
vice, the other reactor is in coke-burn/catalyst regenera-
tion. Th e catalyst regenerator burns carbon (coke) deposits 
off  the catalyst particles, regenerating the catalyst activity 
and providing heat for steam generation. Future pilot-scale 
experiments will demonstrate and validate the conceptual 
hydrocarbon synthesis reactor system confi guration.

Product recovery

Th e separation step of the high-octane gasoline mixture is 
relatively simple compared to that used in refi nery opera-
tions for gasoline recovery.21 Th is process area consists of 
just two distillation columns. Th e water-free crude hydro-
carbon product is fi rst sent to the fi rst distillation column 
where liquid C4+ and gasoline-range hydrocarbons are 
separated from the light ends (C3–) and unconverted 
DME. DME is recycled to the hydrocarbon synthesis reac-
tor and the light gas stream (i.e., C3– or fuel gas) is sent to 
the fuel combustor in the synthesis gas clean-up area. Th e 
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heavy aromatics are produced during DME homologation, 
they are assumed to deposit on the catalyst surface and are 
subsequently removed during catalyst regeneration. Th e 
high-octane number (> 92) of the gasoline blendstock is 
attributed to its high concentration of branched paraffi  ns 
(99% of the total paraffi  ns). Furthermore, as opposed to 
MTG, no durene is formed in this high-octane gasoline 
process. In this design, hydrogen is added to suppress 
formation of coke and aromatic byproducts (coke precur-
sors). Recent study reveals that a Cu-modifi ed H-BEA 
catalyst is able to incorporate hydrogen from gas-phase 
H2 co-fed with DME into the desired branched alkane 
products while maintaining the high C4 and C7 carbon 
selectivity of the parent H-BEA.8 Th is hydrogen incorpo-
ration is achieved through the combination of metallic Cu 
nanoparticles present on the external surface of the zeo-
lite (which perform H2 activation and olefi n hydrogena-
tion) and Lewis acidic ion-exchanged cationic Cu present 
within the H-BEA pores (which promotes hydrogen trans-
fer). A comparative summary of the characteristics of the 
pathway from biomass feedstock to high-octane gasoline 
blendstock relative to those of the traditional MTG process 
is presented in Table 1.

Table 5 presents a brief summary of high-octane gasoline 
yield, which represent the overall process performance. 
Th e annual production rate is 47 million gallons, equaling 
to 45 gallon gasoline equivalent (GGE) or 170 liter gasoline 
equivalent (LGE) per year. Similarly, the corresponding 
product yield is 65 gallons or 62 GGE per dry US ton (258 
LGE/dry tonne). Th e distribution of the total energy con-
tent in dry biomass (LHV basis) is shown in Fig. 4. Th e 
total energy in the dry portion of the biomass feed (0% 
moisture) is approximately 1470 MMBtu/hr (1550 GJ/hr). 
Approximately 45% of the LHV is recovered in gasoline 
range product. A signifi cant amount (31%) is lost through 
air-cooled exchangers, and the rest (24%) is lost because of 
moisture in the feed and other water input to the process, 
as well as electrical and thermal losses. 

biorefi nery emissions (i.e., CO2, NO2 and SO2), water con-
sumption, and other process-related metrics were derived 
from the conversion process model already described. 
Th e boundary for all metrics is the biorefi nery (or the fuel 
production stage) which was the focus of this research. 
Upstream processes (i.e., feedstock production and trans-
portation) and downstream processes (i.e., fuel distribu-
tion and vehicle operation) are not incorporated in the 
quantifi cation of the metrics. Embodied emissions and 
resource consumption from the biorefi nery related to con-
struction and maintenance, material and energy inputs, 
and emission/consumption credits associated with co-
products were also included. 

For life-cycle assessment, SimaPro v.8.0.2 soft ware22 
was used to develop and link units quantifying life cycle 
impacts. All process input/output inventory estimates 
were derived from Ecoinvent v.2.223 and the US Life Cycle 
Inventory (LCI)24 processes to fi ll the data gaps. Th e 
Ecoinvent processes were modifi ed to refl ect US condi-
tions and the US LCI processes were adapted to account 
for embodied emissions and fossil energy usage. Th e mate-
rial and energy fl ows of the conversion step capture the 
impacts of input raw materials, and outputs, such as emis-
sions, wastes, and coproducts as predicted by the process 
model (Table S9). 

Results and discussion 

Process performance
Th e fi nal composition of the high-octane gasoline from the 
current methanol to hydrocarbons process is compared 
with those from a typical conventional gasoline and the 
reported composition for MTG gasoline,21 as presented in 
Fig. 3. Gasoline produced from this design contains only 
paraffi  ns (87 wt%) and olefi ns (13 wt%). While coke and 

Table 5. Production rates and yields at plant 
operating capacity.

Production rates

MM (gal/yr) MM (GGE/yr) MM (LGE/yr)

47 45 170

Product yields

gal/dry U.S. ton GGE/dry U.S. ton LGE/dry tonne

65 62 258

GGE: gallon gasoline equivalent
LGE: liter gasoline equivalent
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Figure 3. Comparison of gasoline composition (in wt%).
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costs (TPEC), installation factors (finstallation), and total 
installed costs (TIC) for each area of the plant.

Th e indirect costs (non-manufacturing fi xed-capital 
investment costs) are estimated using factors based on the 
total direct cost (TDC). Th e factors are summarized in 
Table 7 as percentages of TPEC, total direct cost (TDC), 
and fi xed capital investment (FCI), which is equal to the 
sum of TDC and total indirect costs. With the calculated 
total installed cost and assumptions for indirect costs and 
working capital, the FCI and TCI are calculated. Table 8 
presents a summary of these calculations.

Operating costs

Operating costs, including labor costs, materials and feed-
stock costs, utility costs, and disposal costs, were evaluated 
for the 2000 dry metric tonne/day facility. Table 9 demon-
strates the breakdown of these operating costs and their 
contribution to the total production cost. Variable operat-
ing costs are determined based on raw materials, waste-
handling charges, and by-product credits incurred only 
during the process operation. Table 10 summarizes the 
variable operating costs, including the annualized costs for 
catalysts, olivine, and disposal. Th e total variable operating 
cost for the plant is 37.1 cents per LGE or $62.93 million per 
year. Fixed operating costs are generally incurred in full 
whether or not the plant is producing at full capacity. Th ese 
costs include labor and various overhead items. Many of 
the assumptions on fi xed operating costs follow NREL’s 

Total capital investment

Th e capital costs for each plant area are based on data from 
various sources including NREL design reports, technol-
ogy licensors, industry equipment suppliers, cost estimates 
from Harris Group Inc., published literature, and Aspen 
Icarus Process Evaluator 2006.5 cost estimating soft ware. 
Th e purchased costs for the equipment and installation 
factors are used to determine the installed equipment cost. 
Table 6 presents a summary of total purchased equipment 

Table 6. Summary of capital cost estimates per process area (2011 U.S. dollars).

TPEC TIC Percent of

Area Process description (MM$) fInstallation (MM$) total TIC

100 Feed handling and preparation* 0.1 2.00 0.2 0.1

200 Gasifi cation 21.8 2.32 50.5 20.1

300 Synthesis gas cleanup and syngas compression 36.4 1.94 70.7 28.1

400 Acid gas removal and methanol synthesis 16.4 2.28 37.3 14.8

500 Methanol conditioning 1.3 2.65 3.4 1.4

600 Steam system and power generation 22.8 1.68 38.1 15.2

700 Cooling water and other utilities 3.1 2.25 7.0 2.8

1400 Methanol to high-octane gasoline synthesis 18.0 2.15 38.7 15.4

1500 Product recovery 2.4 2.23 5.4 2.2

Areas 100-400, 1400-1500: Inside Battery Limits (ISBL) 96.3 2.14 206.1 82.1

Areas 600-700: Outside Battery Limits (OSBL) 25.8 1.74 45.1 17.9

Total 122.2 2.06 251.2 100.0

*Equipment costs shown for this area are for the cross-fl ow dryer only. Capital investment costs associated with feed handing 
and  preparation are included in the pre-unit blended biomass feedstock price. 

Figure 4. Overall energy analysis (dry biomass LHV basis).
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 calculation was performed to determine the minimum 
fuel selling price (MFSP) that meets the economic param-
eter using the general methodology12,21,26,27 and the 
economic parameters summarized in Table 2. Th e MFSP 
value represents the minimum selling price of high-
octane gasoline assuming a 30-year plant life and 40% 
equity fi nancing with 10% internal rate of return and the 
remaining 60% debt fi nanced at 8% interest. Th e resulting 
MFSP for high-octane gasoline is determined to be $3.25 
per gallon of gasoline blendstock, equaling to $3.41/GGE 
or $0.90/LGE, in 2011 US dollars. Note that the baseline 
used in the GGE and LGE calculations is obtained from 
GREET, lower heating value (LHV) of 116,090 BTU/gal 
(32.36 MJ/L) for gasoline blendstock;28 the LHV for the 
high-octane gasoline produced in this work is 110,754 
BTU/gal (30.87 MJ/L). A summary of the costs contribut-
ing to the MFSP is presented in Fig. 5. Th e cost contribu-
tions to the MFSP are divided into the capital, variable, 
and fi xed operating costs. Feedstock cost is the largest 
single contributor to the MFSP and represents essentially 
all (92%) of the variable operating cost. Th e cost contribu-
tion chart shows coproduct credits from the methanol 
synthesis area, for electricity from the syngas expansion, 
and for electricity from the steam system and power gen-
eration area. However, the process was adjusted so that 

Table 7. Cost factors for indirect costs.

Indirect Costs % of TPEC % of TDC* % of FCI*

Prorated expenses 21.2 10.0 6.3

Home offi ce and 
construction fees

42.5 20.0 12.5

Field expenses 21.2 10.0 6.3

Project contingency 21.2 10.0 6.3

Other costs (start-up 
and permits)

21.2 10.0 6.3

Total indirect costs 127.4 60.0 37.5

Working capital 5.0

*Percentages of TDC and FCI exclude land purchase cost.

earlier reports12,13 and Peters and Timmerhaus.25 General 
overhead equals to 90% of total salaries, maintenance 
equals to 3% of fi xed capital investment (FCI), and insur-
ance and taxes equal to 0.7% FCI. As shown in Table 9, the 
total fi xed operating costs are 11.6 cents per liter of fuel 
produced (12.2 cents/LGE) or $20.65 million per year. 

Minimum fuel selling price

Once the capital and operating costs are determined, 
a discounted cash fl ow rate of return (DCFROR) 

Table 8. Project cost worksheet (2011 U.S. dollars).
Total purchased equipment cost (TPEC)  $122,169,000 

  Installation factor  2.056

Total installed cost (TIC)  $251,234,000 

Other direct costs   

  Site development 4.0% of ISBL $8,246,000

Total direct costs (TDC) $259,480,000

Indirect costs % of TDC (ex Land)  

  Prorated expenses 10.0% $25,948,000

  Home offi ce and construction fees 20.0% $51,896,000

  Field expenses 10.0% $25,948,000

  Project contingency 10.0% $25,948,000

  Other costs (start-up and permits) 10.0% $25,948,000

Total indirect costs 60.0% $155,688,000

Fixed capital investment (FCI)  $415,168,000

  Land (not depreciated)  $1,610,000

  Working capital 5.0% of FCI (ex Land) $20,759,000

Total capital investment (TCI)  $437,537,000

TCI / TPEC  3.581

FCI Lang Factor = FCI / ISBL TPEC  4.310

TCI Lang Factor = TCI / ISBL TPEC  4.542
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Although the plant design basis specifi es blended bio-
mass feedstock with mostly woody biomass from pulp-
wood and forest residues, there is potential for other 
feedstocks to be introduced as feed, based on future 
biomass availability. Th e high ash, low carbon, and high 
oxygen content in corn stover results in a 20.4% increase 
in the MFSP (Case 3). Th e negative impacts of higher ash 
and high moisture contents are quantifi ed in Cases 6 and 
8, respectively. Product yields decrease for higher mois-
ture feedstocks because more energy is used for drying, 
resulting in higher MFSP; an increase in moisture content 
from 10% to 20% results in a 9.2% increase in the MFSP. 
Similarly, an increase in the ash content from 1% to 8% 
raises the MFSP by 11.7%. Th e impacts of changes in the 
feedstock cost are shown in Case 7. 

Th e impact of biomass particle size on the MFSP is not 
considered here. It has been reported that char forma-
tion increases with increasing particle size, but decreases 
with increasing temperature.30 However, at gasifi cation 
temperatures above 1472°F (800°C), particle size exhibited 
little impact on char formation. As the gasifi er of the cur-
rent design operates at 1,617°F (880°C), the amount of char 
produced is expected to be similar with diff erent particle 
sizes. Furthermore, with little variation in char produc-
tion, the heat generated from char combustion remains 
unaff ected. Consequently, the particle size is expected to 
have little impact on the process economics.

Th e yield of the high-octane gasoline blendstock exhibits 
a direct impact on MFSP, as shown in Case 9. An increase 

the electricity generated is balanced by the electricity 
required by all other areas, and thus there is no net credit 
for electricity generation.

Sensitivity analyses

A sensitivity analysis was performed to examine the vari-
ability of the MFSP of high-octane gasoline as a function 
of changes in various process parameters, raw material 
costs, and fi nancial assumptions. Th e results of the sen-
sitivity analysis are summarized in Fig. 6. Th e data are 
organized by potential impact of parameter deviation on 
MFSP value (highest to lowest). Th e sensitivity scenarios 
represent a deviation in a single project parameter with all 
other parameters remaining constant at base case values. 
Th e case numbers in the text refer to the numbers shown 
in the labels of Fig. 6.

Deviation from base case fi nancial and market param-
eters can have signifi cant impacts on the MFSP. Th e base 
case fi nancial assumptions are shown in Table 2. Case 1 in 
Fig. 6 shows the possible savings realized by economies of 
scale from changes to the plant size. It is assumed in the 
plant size sensitivity scenario that the same technology 
is utilized for all plant sizes. A major constraint to larger 
plant sizes will be signifi cantly higher feedstock logistics 
costs. However, the economies of scale can potentially 
be enabled by an advanced logistic supply system.29 An 
increase in required internal rate of return (IRR) for the 
project from 10% to 20% (Case 2) would increase the 
MFSP from $0.90 to $1.16 per LGE (an increase of 28.5%).

Table 9. Breakdown of operating cost contribution (2011 U.S. dollars).

cents/GJ of products cents/LGE of products Contribution

(cents/MMBtu of products) (cents/GGE of products) (%)

Feedstock 1054.6 (1112.6) 34.1 (129.2) 37.9

Natural gas 0 (0) 0 (0) 0.0

Catalysts 45.9 (48.5) 1.5 (5.6) 1.7

Olivine 9.7 (10.3) 0.3 (1.2) 0.3

Other raw materials 25 (26.4) 0.8 (3.1) 0.9

Waste disposal 10.2 (10.8) 0.3 (1.3) 0.4

Electricity transfer 0 (0) 0 (0) 0.0

Electricity 0 (0) 0 (0) 0.0

Fixed costs 375.8 (396.5) 12.2 (46) 13.5

Coproduct credits 0 (0) 0 (0) 0.0

Capital depreciation 251.2 (265) 8.1 (30.8) 9.0

Average income tax 148.4 (156.5) 4.8 (18.2) 5.3

Net annual profi t (after tax) 859.5 (906.8) 27.8 (105.3) 30.9

Total 2780.3 (2933.4) 90 (340.5)
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Table 10. Summary of variable operating costs (2011 U.S. dollars).

Variable Information and operating cost

Gasifi er bed material Synthetic olivine and MgO. Initial fi ll then a replacement rate of 0.01 wt% of circulation or 7.2 wt% per day of total 
inventory. Delivered to site by truck with self-contained pneumatic unloading equipment. Disposal by landfi ll.

Olivine price: $275/tonne

MgO price: $580/tonne

Tar reformer catalyst To determine the amount of catalyst inventory, the tar reformer was sized for a gas hourly space velocity (GHSV) of 
2,476/h based on the operation of the tar reformer at NREL’s pilot plant demonstration unit. GHSV is measured at 
standard temperature and pressure. Initial fi ll then a replacement rate of 0.15 wt% of catalyst inventory per day.

Price: $47.70/kg based on NREL calculations using metals pricing and costs for manufacturing processes.

Methanol synthesis 
catalyst

Initial fi ll then replaced every 4 years based on expected catalyst lifetime.

Catalyst inventory based on GHSV of 8,000/h.

Price: $21.36

DME synthesis 
catalyst

Initial fi ll then replaced every 4 years based on expected catalyst lifetime.

Catalyst inventory based on GHSV of 605/h.

Price: $22.71/kg

Beta-zeolite catalyst Initial fi ll then replaced every 3 years based on expected catalyst lifetime.

Catalyst inventory based on total gasoline productivity of 0.14 kg/kg-cat/h.

Price: $67.90/kg based on cost survey from manufacturers.

Zinc oxide catalyst Initial fi ll then replaced every 5 years based on expected catalyst lifetime.

Catalyst inventory based on GHSV of 4,280/h.

Price: $13.70/kg

Solids disposal Price: $60.36/tonne

Diesel fuel Usage: 38 L/h plant-wide use.

2012 price projection: $22.39/GJ

Water makeup Price: $0.35/tonne

Chemicals Boiler feed water chemicals-Price: $6.13/kg

Cooling tower chemicals-Price: $3.67/kg

LO-CAT chemicals-Price: $498.98/tonne sulfur produced from NREL/Harris Group Inc. estimates based on other 
projects.

Selective amine makeup-Price: $39.81/million kg acid gas removed.

Wastewater Most wastewater is cleaned using an RO system and recycled. The balance of the wastewater is sent to off-site 
treatment facility.

Price: $0.83/tonne

in the yield from the baseline (65 gal/dry US ton or 271 L/
dry tonne) to 70 gallons leads to a 7.2% decrease in MFSP. 
Likewise, decreasing the yield from 65 gallons to 60 gallons 
per dry US ton results in an increase of 8.1% in the MFSP.

Th e impact of changes to the capital costs of the gasifi er 
and reformer is shown in Case 16. Variability in TCI can 
also have a major impact on MFSP. Conceptual designs 
like this generally result in accuracy of ±10% to 30% for 
capital investment estimation.25 Applying a variabil-
ity range of –10% to +30% to a TCI sensitivity (Case 4) 
results in an MFSP range of $0.86 to $1.03 per LGE 
(–4.8% to +14.5%).

An interest rate increase (Case 13) from the base value of 
8% to 12% increases MFSP to $0.95 per LGE (an increase 
of about 5.0%). Successful R&D and demonstration pro-
jects would reduce investment and lending risks and ease 
the expected rate of return to investors and minimize loan 
interest rates, reducing MFSP toward the base case value.31

Extending the hydrocarbon synthesis catalyst lifetime 
(Case 14) from the base case of two years and reducing the 
tar reformer catalyst cost from the base case value (Case 28) 
will also reduce the MFSP. Case 23 shows that decreasing the 
single-pass DME conversion to high-octane hydrocarbons 
from 40% to 25% leads to a mere 1.7 % increase in MFSP.
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Figure 5. Cost contribution details for high-octane gasoline from each process area.

Figure 6. Results of sensitivity analyses.

Increased availability of low cost natural gas facilitates 
the development of combined biomass and natural gas to 
liquids technology. Co-conversion of biomass with natural 
gas can simultaneously increase fuel yields and reduce fuel 

production costs provided that the lifecycle GHG thresh-
olds specifi ed in Energy Independence and Security Act 
(EISA) of 200732 are not violated. Case 11 shows that co-
processing natural gas at the lifecycle GHG threshold limit 
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(i.e., 60% GHG emissions reduction relative to the petro-
leum baseline) decreases the MFSP by 7% ($0.84/LGE).

Because the heat and power requirements of the process 
cannot be met through char combustion and combustion 
of available fuel gas and other process off -gases alone, 
some raw syngas from the indirect gasifi er is diverted 
from liquid fuel production for heat and power produc-
tion. Although this option makes the design energy self-
suffi  cient, it also lowers the overall product yield. Case 17 
is a sensitivity case without utilizing raw syngas for plant 
heat and power; electricity import is required. Importing 
electricity in lieu of combusting syngas improves both fuel 
yield and carbon-to-fuel effi  ciency by 7%, leading to lower 
MFSP, $0.87/LGE, or 3.4% lower than the base case. Th e 
corresponding GHG emissions reduction relative to petro-
leum gasoline benchmark is 82%.

Analysis of premium properties of high-
octane gasoline blendstock

Th e value of a gasoline blendstock is a function of its prop-
erties (i.e., octane value). Th e modeled blendstock is high 
in branched paraffi  n content, similar to alkylates from 
petroleum refi neries. Th e current target compounds have 
pure-component octane numbers of ~110 and blending 
octane numbers of 140+. High-octane blendstocks are 

likely to carry a premium price relative to the fi nished fuel 
value. However, the potential premium value of the high-
octane gasoline blendstock from the process described 
in this study is not taken into consideration in MFSP 
determination. As exhibited in Fig. 7, the estimated octane 
value (x-axis) and minimum fuel selling price (y-axis) 
are compared with octane values and wholesale prices 
of gasoline fi nished fuel blends and common gasoline 
blendstocks (with varying octane values).33,34 Th ere are 
two data points on the plot representing the high-octane 
gasoline blendstock. Th e fi rst data point, labeled ‘Product 
(R+M)/2 (Pure-Component Octane #s)’, represents the 
calculated weighted average octane value (RON+MON)/2, 
based on the molar composition of the high-octane gaso-
line blendstock product and published octane values for 
pure components. Th e second data point, labeled ‘Product 
(R+M)/2 (Blending Octane #s from Literature)’, repre-
sents the calculated weighted average blending octane 
value (RON+MON)/2, based on the molar composition 
of the high-octane gasoline blendstock product and pub-
lished octane values for blending pure components.35,36 
Th e resulting blend octane number is higher than that 
derived from pure components is due to mixing interac-
tions between various components in the blend. Based 
on the data in Fig. 7, the high-octane gasoline blendstock 
is at least cost-competitive with fossil blendstocks of 

Figure 7. Comparison of octane values and wholesale prices.
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to provide easy cold starting, easy hot starting, and low 
evaporation and running-loss emissions. Th e end-point 
volatility is adjusted largely to provide good fuel economy 
aft er engine warm-up, freedom from engine deposits, 
minimum fuel dilution of crankcase oil, and minimum 
volatile organic compound exhaust emissions. Th e sources 
of quality information utilized for Fig. 8 are Colonial 
Pipeline Company39 and Chevron.40

Sustainability metrics

Th e success of the biofuels industry depends not only on 
economic viability, but also on environmental sustain-
ability. A biorefi nery process that is economically feasible, 
but suff ers from key sustainability drawbacks, is not likely 
to represent a long-term solution to replace fossil-derived 
fuels. Overarching concerns like environmental sustain-
ability need to be addressed for biofuels production. 
Combined TEA and environmental sustainability assess-
ment of emerging pathways helps facilitate biorefi nery 
designs that are both economically feasible and minimally 
impactful to the environment. Important sustainability 
metrics for the conversion stage of the biofuel life-cycle 
are: greenhouse gas (GHG) emissions, fossil energy con-
sumption, fuel yield, biomass carbon-to-fuel effi  ciency, 
water consumption, and waste-water generation. 

Th e sustainability metrics are estimated for the high-
octane gasoline conversion plant, as shown in Table 11. 
As the conversion plant is essentially balanced for zero 
net electricity and does not require natural gas for heat 
generation, the net GHG emissions and fossil energy con-
sumption associated with the conversion stage are very 
low, 0.6 g CO2-e/MJ and 6 kJ/MJ, respectively. Direct CO2 
emission from the conversion process is biogenic CO2 and 
is not included in GHG emissions quantifi cation per IPCC 

 comparable octane numbers at ~92 (RON+MON)/2 and 
$3.20 per gallon ($0.85/L). In addition, the product has 
potential to demonstrate higher blended octane benefi t, 
approaching 110 (RON+MON)/2. Analytical testing on 
actual products and blends with other gasoline compo-
nents will serve to validate the analysis results and is in 
progress. 

High-octane gasoline blendstock 
blending strategy

As the biofuels industry continues to expand, it will 
become critical to understand the means to integrate 
biomass-derived blendstocks into existing refi nery infra-
structure and to provide opportunities for refi ners to 
maximize product value. A gasoline blending strategy is 
typically developed to achieve the combination of cost 
minimization and value maximization, without violating 
the fuel-grade gasoline specifi cations. One of the specifi ca-
tions contained in ASTM D4814 standard specifi cation for 
gasoline37 is the distillation class requirements according 
to ASTM D86.38 Figure 8 shows the modeled distillation 
curve for the high-octane gasoline blendstock compared 
with several seasonal average fi nished gasoline blends. 
Th e plot is intended to identify a simple blending strategy 
based solely on the distillation curve for the blendstock. 
Based on this simple analysis, the blending strategy for the 
blendstock is likely to include two major steps ‒ (1) blend 
lighter naphtha blendstock to meet the maximum 10 vol % 
of 158°F (typical front-end volatility) in the fi nished fuel 
and (2) blend a heavier naphtha blendstock to meet mini-
mum end point of 300°F (typical tail-end volatility) in the 
fi nished fuel. Th e front-end volatility is adjusted primarily 

Figure 8. Distillation curve comparison between target 
blendstock and fi nished gasolines.

Table 11. Summary of sustainability metrics for 
high-octane gasoline conversion process.
GHGs (g CO2-e/MJ fuel) – (fossil emissions, 
excluding biogenic CO2)

0.60

Fossil Energy Consumption (MJ fossil energy/MJ 
fuel product)

6.0E-03

Total Fuel Yield (L/dry metric ton) 271

Biomass Carbon-to-Fuel Effi ciency (C in fuel/C in 
biomass)

31.2%

Water Consumption (m3/day; L/LGE)a 911; 1.76

Wastewater Generation (m3/day; L/LGE) 123; 0.24
aWater consumption and wastewater generation include only 
direct use/emissions and do not include water associated with 
upstream production of materials and energy used at the plant.
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price by lower heating value is $3.41 per gallon ($0.90 per 
liter) with underlying assumptions and catalyst perfor-
mance targets outlined here. Th e potential premium value 
of the high-octane gasoline blendstock from the process 
described in this study is also assessed. Th e product is 
determined to be at least cost-competitive with fossil 
blendstocks of comparable octane numbers at about 92 
and $3.20 per gallon ($0.85/L), with the potential to dem-
onstrate higher blended octane benefi t with average octane 
numbers approaching 110. Th e sensitivity analysis shows 
that there is less than ±20% prediction uncertainty in 
MFSP resulting from a ±30% uncertainty in the total capi-
tal cost estimation. While there is always a chance of large 
escalations in capital costs, acquisition of recent estimates 
and vendor quotes for most of the equipment reduces the 
probability of gross over- or under-estimation of costs. 
Certain unit operations used in the plant design, such as 
the methanol synthesis reactor, are commercially avail-
able. Gasifi cation and tar reforming have been demon-
strated in NREL’s thermochemical pilot plant. Th e DME to 
high-octane hydrocarbons synthesis is the area that is least 
developed and most in need of further research. Th e net 
GHG emissions associated with the conversion stage are 
very low (0.6 g CO2-e/MJ) because the conversion plant has 
no net electricity import requirement and does not require 
any fossil energy input. Th e overall life-cycle GHG emis-
sions (14.6 g CO2-e/MJ from feedstock production to vehi-
cle operation) reduction exceeds the 60% reduction criteria 
relative to the 2005 petroleum gasoline baseline (93.08 g 
CO2-e/MJ). TEA results in this study can serve as the base-
line for future comparison and as a basis for comparing 
this process to other biomass-to-liquid fuel pathways.
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